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� We present a method to compute

optimal temperature proûles in

ûxed-bed reactors.
� We predict optimal temperature

proûles for the methanation of CO2.
� These temperature proûles result in

a twofold improvement of the

methane-yield.
� The results demonstrate the poten-

tial of improved heat transport in

catalyst supports.
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a b s t r a c t

The catalytic conversion of carbon dioxide into methane, known as Sabatier process, is a promising

option for chemical storage of excess renewable energy and greenhouse gas emission control. Typically

externally cooled ûxed-bed reactors (FBR) using supported nickel or ruthenium catalyst are applied. The

Sabatier process, however, is strongly exothermic and leads to substantial hot spots within the reactor at

stoichiometric feed ratios. Although high temperatures increase the reaction rate in general, they

thermodynamically limit the achievable methane-yield in the Sabatier process. Here, we present an

easy-to-use method based on a Semenov number optimization (SNO) to compute optimal axial

temperature proûles in single-stage ûxed-bed reactors that account for kinetic and thermodynamic

limitations simultaneously, and thus result in maximized yield for a ûxed reactor length. In a case study

on CO2-methanation, these temperature proûles result in a twofold improvement of the methane-yield

compared to isothermal and adiabatic operation, and thus demonstrate the high potential of thermal

optimization that lies in the Sabatier process. The SNO-method provides a valuable tool to compute

optimal temperature proûles, and allows intuitive insight into the key parameters for thermal process

intensiûcation. Further, it can readily be transferred to other processes that suffer from the dilemma

between kinetic and thermodynamic limitations. Our ûndings illustrate the attractiveness of the SNO-

method to compute optimal temperature proûles in ûxed-bed reactors, and the need for catalyst

supports with enhanced and tailorable heat transport properties.

1. Introduction

The catalytic hydrogenation of carbon dioxide (CO2) to

methane (CH4), or substitute natural gas (SNG), is already known

for more than 100 years since the fundamental work of Sabatier

and Senderens (1902). Nevertheless, research and industry mainly

focused on selective methanation of carbon monoxide (CO) to
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purify hydrogen-rich feed streams ðCOr1 vol%Þ for ammonia-

synthesis and, more recently, fuel cell applications (Park et al.,

2009; Krämer et al., 2007; Batista et al., 2005). In the 1970s

increasing natural gas prices intensiûed the efforts for coal-based

SNG production and led to a commercial plant in the United States.

Kopyscinski et al. (2010) and Sudiro et al. (2010) give comprehen-

sive reviews of the history of SNG production and past and

modern realizations of the CO2/CO-methanation process.

Nowadays, catalytic methanation of CO2, also known as Saba-

tier process, is frequently discussed as promising candidate for

CO2-utilization and grid-scale Chemical Energy Storage via hydro-

gen (H2) from electrolysis using excess renewable energy (Power-

to-Gas, PtG) (Schlögl, 2013; Centi et al., 2013; Centi and

Perathoner, 2009). Minutillo and Perna (2014) and Hoekman

et al. (2010) investigated the methanation of CO2 particularly in

the framework of Chemical Energy Storage. Jürgensen et al. (2014)

presented a scenario for SNG-based Chemical Energy Storage for

northern Germany based on the Sabatier process. A similar

scenario was also presented by Moeller et al. (2014) for Germany's

capital region Berlin-Brandenburg. Further, Mohseni et al. (2013)

evaluated the economic potential of SNG-based Chemical Energy

Storage in Sweden.

Bassano et al. (2013), Gnanamani et al. (2014), and Wang et al.

(2011, 2010) provide detailed reviews on CO2-methanation from a

technical viewpoint regarding catalysts, mechanisms, and reactor

aspects. The CO2-methanation, commonly summarized as

CO2þ4 H2çCH4þ2 H2O; �H298
R ¼ �165 kJ mol

�1
; ð1Þ

is typically performed in ûxed-bed reactors at increased pressures

up to 20 bar (2 MPa) and feed temperatures between 250 1C and

400 1C. Usually supported nickel (Ni) and ruthenium (Ru) catalysts

are applied because of kinetic limitations at low temperatures. The

main challenge at undiluted stoichiometric molar feed ratios of

H2:CO2¼4:1 is the strong exothermicity of the reaction that leads

to high temperatures within the reactor if it is not properly cooled.

We note that this is not the case in selective methanation of CO for

puriûcation because of the low CO concentrations. Although high

temperatures are generally favorable from a kinetic point of view,

they induce thermodynamic limitations in the Sabatier process

and limit the achievable methane-yield. In addition, too high

temperatures accelerate catalyst deactivation by thermal sintering

and thus reduce catalyst lifetime.

Fig. 1 shows the equilibrium CO2-conversion, methane-yield, and

gas composition for various temperatures in a Sabatier process at

atmospheric pressure. The curves are computed from ideal gas phase

thermodynamics using a stoichiometric method described by, among

others, Leal et al. (2013). A more detailed thermodynamic study of the

Sabatier process, including impurities of the feed, was conducted by

Gao et al. (2012). In Fig. 1a, themethane-yield decreases monotonically

with increasing temperature and the CO2-conversion exhibits a

minimum around 600 1C because the inverse reaction, known as

methane steam reforming, becomes thermodynamically favorable. At

temperatures higher than 600 1C CO-formation via the reverse water-

gas shift (RWGS) reaction is signiûcant (Fig. 1b), and thus the overall

CO2-conversion increases again. Nevertheless, methane-yield remains

low at high temperatures.

In order to face the high exothermicity of the Sabatier reaction

and obtain high methane-yields several reactor concepts have

been proposed in the past. Brooks et al. (2007), Liu et al. (2012)

and Hu et al. (2007) used microchannel reactors ðDtr1 mmÞ,

which provide large volumetric surface areas, to efûciently remove

the reaction heat. This type of reactor, however, allows only

capacities and is thus better suited for mobile and small-scale

applications than for grid-scale Chemical Energy Storage.

Sudiro et al. (2010) theoretically investigated massive metallic

honeycomb-type structures to improve lateral heat transport in

externally cooled multitubular reactors for the methanation of a

1:1 CO/CO2 mixture in 60% H2. They reported single-pass CO-

conversions up to 80% and an temperature rise from 300 1C to

approximately 550 1C.

Schlereth and Hinrichsen (2014) conducted a detailed compu-

tational study of the Sabatier process in externally cooled ûxed-

bed reactors (FBR) including one- and two-dimensional simula-

tions. They predicted considerable hot spots in conventional FBRs

and proposed a membrane reactor to feed CO2 separately along

the reactor axis and thus control the heat release locally. Ohya

et al. (1997) already used a membrane reactor for the CO2-

methanation several years ago, however, they primarily intended

to remove water from the reaction zone to suppress the reverse

reaction.

Schaaf and Grünig (2014) employed a cascaded Sabatier pro-

cess with several adiabatic reaction and subsequent cooling stages

to obtain high methane-yields. Additionally, they recycled some of

the product gas from the ûrst stage to dilute the reactants and

absorb part of the reaction heat. Depending on the feed, a 50 vol%

CO2/CH4 mixture from biomass or pure CO2, they employed 2–4

sequential reaction-cooling stages to keep the maximum tempera-

ture below 550 1C and obtain CO2-conversions up to 70%.

A more involved approach to deal with the exothermicity is to

acutely control the temperature proûle along the reactor axis and

utilize part of the reaction heat for accelerated kinetics. Smets

et al. (2002) and Logist et al. (2008) followed this approach and

Fig. 1. (a) Equilibrium CO2-conversion and methane-yield, and (b) equilibrium composition of a Sabatier process, as a function of the temperature at p¼1 bar (0.1 MPa) and

stoichiometric molar feed ratio H2 : CO2 ¼ 4 : 1.



computed optimal temperature proûles in tubular reactors to

maximize the conversion of generic ûrst-order exothermic reac-

tions by optimizing the cooling-temperature proûle along the

reactor axis. Freund and Sundmacher (2008) and Peschel et al.

(2010) developed a universal methodology for the optimization of

chemical reactors. They predicted optimal temperature proûles for

the thermodynamically limited SO2-oxidation process, and pro-

posed a cascaded reactor network of three stages to realize an

approximation of their predicted temperature proûle. This classic

technical solution for thermodynamically limited processes, how-

ever, requires a substantial amount of equipment and accessory

and is consequently more suited for centralized large-scale plants,

where economy of scale shifts the economic optimum towards

higher capital costs, than for local, distributed Chemical Energy

Storage.

In this study we demonstrate a new and easy-to-use method

that utilizes a simple one-dimensional, pseudo-homogeneous

reactor model and the Semenov number, commonly applied in

the ûeld of parametric sensitivity and reactor safety (Varma et al.,

2005), to predict optimal temperature proûles in externally cooled,

single-stage FBRs. The method is based on the optimization of the

Semenov number and is thus referred to as Semenov-number-

optimization (SNO)-method in the following. We apply the SNO-

method, which accounts for kinetic and thermodynamic limita-

tions simultaneously, to predict optimal axial temperature proûles

in an externally cooled, single-stage FBRs using the Sabatier

process as a case study.

In Section 2 we describe the pseudo-homogeneous model and

the numerical solution algorithm. Further, the model is validated

using experimental data reported in the literature. In Section 3 we

explain the concept of optimal Semenov numbers and compute

tailored temperature proûles for the Sabatier process. Subse-

quently, we investigate the feasibility of these temperature proûles

in a case study and discuss the results. Finally, we conclude our

ûndings in Section 4 and provide an outlook for future research.

2. The pseudo-homogeneous ûxed-bed reactor model and the

SNO-method

2.1. Description of the dimensional model

2.1.1. Mass, momentum, and energy balances

To study the CO2-methanation process we employ a pseudo-

homogeneous plug-ûow reactor (PFR) model based on well-

established balance equations for mass, momentum, concentra-

tion, and energy (Bird et al., 2007; Froment et al., 2011, Section 11.5

and Chapter 19, respectively). The class of pseudo-homogeneous

models combines the ûuid and solid phase within the reactor to a

single effective phase and thus neglects interfacial heat and mass

transfer. Internal transport is usually considered by effectiveness

factors computed with single-pellet models. Fig. 2 shows a

schematic of an externally cooled, single-stage FBR as considered

in this study.

The corresponding balance equations for mass, momentum,

concentration, and energy within in the catalyst bed read

dG

dz
¼ 0 ð2aÞ

dp

dz
¼ �

¿

K

G

Ã
�
Ã

cF

G

Ã

� �2

ð2bÞ

G
dËi

dz
¼Mi

Xnr

j ¼ 1

¿ij·jr
ðVÞ
j ; i¼ 1…ns ð2cÞ

Gcp
dT

dz
¼

Xnr

j ¼ 1

��HR

� �

j
·jr

ðVÞ
j þ

4UðeffÞ
w

DR
T�Tcð Þ; ð2dÞ

subject to Dirichlet boundary conditions at the entrance of the

catalyst bed at z¼0:

Gðz¼ 0Þ ¼ G0 ð3aÞ

pðz¼ 0Þ ¼ p0 ð3bÞ

Ëiðz¼ 0Þ ¼Ëi;0 ð3cÞ

Tðz¼ 0Þ ¼ T0: ð3dÞ

Here, G¼ Ã·vz is the gas load that remains constant along the

reactor because of mass conservation. The pressure loss due to the

packed bed is modeled by a Darcy–Forchheimer type expression in

Eq. (2b); the cooling rate at the wall of the catalyst bed in Eq. (2d)

is described by Newton's law of cooling. Explicit expressions for

the reaction rate, rðVÞj , the effectiveness factor, ·j, the Darcy–

Forchheimer coefûcients, K and cF, and the effective wall heat

transfer coefûcient, UðeffÞ
w , are given in the following subsections.

Eqs. (2a)–(2d) are complemented by an equation of state, here

for an ideal gas, to link pressure, temperature, and density within

the reactor:

p¼
ÃRuT

M
: ð4Þ

The overall performance of the reactor is evaluated by the CO2-

conversion, XCO2
, the methane-yield, YCH4

, and the volumetric

space–time yield, STY:

XCO2
¼

_nCO2 ;0� _nCO2

_nCO2 ;0
ð5aÞ

YCH4
¼

_nCH4
� _nCH4 ;0

_nCO2 ;0
ð5bÞ

STY ¼
_mCH4 ;out

VR
: ð5cÞ

We note that the set of ordinary differential equations (2a)–(2d)

(ODE) results from major simpliûcations of the full set of partial

p0

T0

ωi,0

G0

catalyst bed
XCO2

YCH4

CO2 + H2

z

q = Uw
(eff) (Tc - T)

L

D

Fig. 2. Sketch of the single-stage externally cooled FBR considered in this study.



differential equations (PDE) for an externally cooled FBR: ûrstly, we

neglect any transient changes in the dependent variables as the

boundary conditions do not vary in time; secondly, we do not consider

axial dispersion of mass or energy because convective transport is

assumed to be much larger than the dispersive contribution; thirdly,

we do not explicitly include radial changes of the dependent variables,

however, radial heat transport is modeled by the effective wall heat

transfer coefûcient, UðeffÞ
w , as explained by Rasmuson et al. (2014,

Section 5.2.5). Therefore we emphasize that the dependent variables

in Eqs. (2a)–(2d) represent cross-sectional averages of the radially

distributed dependent variables.

Nevertheless, we use the pseudo-homogeneous, one-dimensional

approach to investigate the Sabatier process because it provides a

good compromise between computational costs and physical accuracy

for the kinetics and parameter range considered in this study. The

applicability of a pseudo-homogeneous model was also conûrmed by

Schlereth and Hinrichsen (2014) and Parlikkad et al. (2013) for a

Sabatier process at similar conditions. In general, the validity of a one-

dimensional pseudo-homogeneous model should be justiûed by

Mears' criteria, as presented in Section 2.4.

2.1.2. Description of the kinetic model

Here, we use the kinetic model of Lunde and Kester (1974) who

consider solely the global methanation reaction of CO2, Eq. (1), on

a 0.5 wt% Ru-catalyst in their kinetic model. They state that the

reverse-water-gas-shift (RWGS) reaction and subsequent CO-

methanation may also occur simultaneously, however, the latter

proceeds rapidly at typical reaction conditions, and therefore it is

valid to consider only the global reaction. Further, CO-formation

via the RWGS reaction is thermodynamically limited below 650 1C

for a CO2/H2-feed at 10 bar (1 MPa). Only after the CO2-methana-

tion produced a substantial amount of heat, and thus consumed a

major fraction of CO2, a small fraction of CO is formed that is

converted to CH4. Consequently, the use of the global reaction,

Eq. (1), will give a good approximation of the hot spot for the

considered conditions. In addition, the detailed reaction mechan-

ism of the CO2-methanation is still ambiguous as outlined by

Gnanamani et al. (2014, pp. 100f.).

In their work, Lunde and Kester (1974) used an apparent reaction

order n to ût the reaction rate of the global CO2-methanation reaction

on a 0.5 wt% Ru catalyst, stabilized on cylindrical 3.2 mm by 3.2 mm

alumina pellets, to a gas-phase reaction model. Their ûnal expression

for the volumetric reaction rate, rðVÞ, reads

rðVÞ ¼ A exp �
Ea
RuT

� �

pnCO2
p4nH2

�
1

Kn
p

pnCH4
p2nH2O

!

ð6Þ

with n¼0.225, A¼ 4:906� 105 s�1 bar
�0:125

, and Ea ¼ 70:52

kJ mol
�1

. The reverse reaction is modeled by the equilibrium constant

in pressure form, Kp, that is computed from ideal equilibrium gas-

phase thermodynamics.

Lunde and Kester (1974) also state that the catalyst was

localized only on the outer surface of the alumina pellets and

thus internal transport limitations were negligible in their experi-

ments. Consequently, Eq. (6) models the intrinsic reaction rate.

Ohya et al. (1997) used the same model to describe the reaction

rate of the global CO2-methanation reaction on an equivalent

catalyst and obtained a similar activation energy and pre-

exponential factor but found n¼0.85. Later Brooks et al. (2007)

referred to the model of Lunde and Kester (1974) to ût the kinetics

of a 3 wt% Ru/TiO2 catalyst in powder form (dp � 250 ¿m). They

obtained similar values for the activation energy and catalyst

coefûcient, however, their reported model is slightly different

and thus not directly comparable.

2.1.3. Estimation of intraparticle transport limitations

Intraparticle transport limitations in the catalyst pellets are

accounted for by the effectiveness factors ·j in Eqs. (2c) and (2d).

They are calculated from the Thiele modulus assuming CO2 to be

the limiting species as H2 diffuses much faster. This approach was

also adopted by Sudiro et al. (2010). For spherical pellets and ûrst-

order behavior the effectiveness factor is given by, among others,

Renken et al. (2012, p. 89) as

·¼
3

×

1

tanh ×
�
1

×

� �

ð7Þ

where × is the Thiele modulus here deûned as

×¼
dp
2

ûûûûûûûûûûûûûûûûûûûû

MCO2
rðVÞCO2

DðeffÞ
CO2

ÃCO2

v
u
u
t : ð8Þ

The effective diffusivity, DðeffÞ
CO2

, is computed using the Bosanquet

formula:

1

DðeffÞ
CO2

¼
1

DðeffÞ
c;CO2

þ
1

DðeffÞ
Kn;CO2

: ð9Þ

Herein, DðeffÞ
c;CO2

is the effective molecular diffusion coefûcient in the

continuum regime estimated with Wilke's approach:

DðeffÞ
c;CO2

¼
·p
Ç2

1�Ëi

M
Pns

k ¼ 1
ka i

Ëi

MkDik

; ð10Þ

and DðeffÞ
Kn;CO2 is the effective Knudsen diffusion coefûcient:

DðeffÞ
Kn;CO2 ¼

·p
Ç2

dp
3

ûûûûûûûûûûûûûû

8RuT

ÃMCO2

s

: ð11Þ

The inûuence of the porous pellet is expressed by the parallel

pore model via the pellet porosity ·p and the tortuosity Ç. All
quantities in Eqs. (8)–(11) are evaluated along the reactor axis at

the corresponding temperature, pressure, and composition in the

bulk phase.

We note that this approach provides only an estimation of the

transport limitations within the catalyst pellets, and more involved

models should be applied for accurate predictions. Nevertheless, this

simple approach gives reasonable results regarding the overall

reactor performance for practical design, compared to the results of

Schlereth and Hinrichsen (2014, Fig. 6c). A typical proûle of the

effectiveness factors along the reactor axis is shown in Fig. A1 in

Appendix A.

2.1.4. Pressure drop and heat transfer correlations

The permeability, K, and the Forchheimer coefûcient, cF, in Eq.

(2b) are calculated with the correlation of Eisfeld and Schnitzlein

(2001) that accounts for the pressure drop of an inûnite packed

bed and the contribution of wall-friction. The latter becomes

substantial for slim tubes, which are usually applied for highly

exothermic reactions. For a randomly packed bed the permeability

and Forchheimer coefûcient read

K ¼
·3D2

p

154A2
w 1�·ð Þ

2
ð12Þ

cF ¼
Bw

Aw

·3Dp

1�·ð Þ
: ð13Þ

Here, Aw and Bw are coefûcients depending on the tube-to-

particle-diameter ratio N¼Dt=Dp:

Aw ¼ 1þ
2

3N 1�·ð Þ
; ð14Þ



Bw ¼
1:15

N2
þ0:87

� �2

: ð15Þ

Eqs. (12)–(15) are valid for NZ1:6 and a wide range of Reynolds

numbers.

The effective wall heat transfer coefûcient, UðeffÞ
w , in Eq. (2d)

results from the cross-sectional averaging of the temperature

(Rasmuson et al., 2014, Section 5.2.5). It is a sequential combina-

tion of the wall heat transfer resistance because of the increasing

bed porosity close to the wall, and the radial heat transfer

resistances within the catalyst bed. The ûnal expression yields

1

UðeffÞ
w

¼
1

³w
þc

DR

»
ðeffÞ
r

ð16Þ

where c is a factor depending on the reactor Biot-number. Using a

two-dimensional pseudo-homogeneous model, Dixon (1996)

derived the following equation for the factor c:

c¼
1

6

BiRþ3

BiRþ4
ð17Þ

where BiR ¼ ³wDt=ð2»
ðeffÞ
r Þ is the reactor Biot-number. In earlier

studies Beek (1962), Froment (1962), and Finlayson (1971) used

c¼1/8 which is, however, only valid in the case of small Biot-

numbers (BiR-0). Finlayson (1971) and Villadsen and Michelsen

(1978, p. 248) also used c¼1/6 for inûnite Biot-numbers (BiR-1).

Eq. (17), however, provides accurate results over the whole range

of Biot-numbers, and is thus used in this study.

A comprehensive summary of the estimation of the wall heat

transfer coefûcient ³w and the effective radial thermal conductiv-

ity »
ðeffÞ
r is given by Tsotsas (2006a,b).

2.1.5. Calculation of the ûuid and mixture properties

The temperature-dependent ûuid properties of pure species,

such as dynamic viscosity, speciûc heat, and thermal conductivity,

are computed from well-established correlations summarized by

Kleiber and Joh (2006). Given the pure species properties and the

mixture composition, the mixture viscosity and thermal conduc-

tivity are computed using well-known mixing rules, see for

example Bird et al. (2007, Sections 1.4 and 9.3). The mixture

speciûc heat is computed as weighted average of the pure species

speciûc heats and their corresponding mass fraction:

cp ¼
Xns

i ¼ 1

Ëicp;i: ð18Þ

Similarly, the average molecular weight of the mixture is calcu-

lated as molar weighted average:

M¼
Xns

i ¼ 1

xiMi: ð19Þ

2.2. Description of the dimensionless model and the SNO-method

In order to reduce the number of parameters, and to identify

relevant dimensionless groups, we scale the dimensional model

Eqs. (2a)–(2d) and the boundary conditions (3a). Therefore, we

deûne the following dimensionless variables:

�¼
T�T0

T0
³; �c ¼

Tc�T0

T0
³; ³ ¼

Ea
RuT0

ð20aÞ

ẑ ¼
z

L
; v̂s ¼

G

Ã0

; p̂ ¼
p

G

Ã0

¿0

K

L
ð20bÞ

Ĝ ¼
G

G0
; Ã̂ ¼

Ã

Ã0

; ¿̂ ¼
¿

¿0

; ĉp ¼
cp
cp;0

ð20cÞ

M̂ i ¼
Mi

M0
; ·̂ j ¼

·j
·0

; r̂
ðVÞ
j ¼

rðVÞj

rðVÞ0

; �ĤR ¼
�HR

�HR;0
: ð20dÞ

Here, the index 0 indicates quantities at the reactor inlet. Repla-

cing the dimensional variables in Eqs. (2a)–(2d) according to Eqs.

(20a)–(2d) yields the following set of dimensionless equations:

dĜ

dẑ
¼ 0 ð21aÞ

dp̂

dẑ
¼ � ¿̂v̂s�ReÃ̂v̂

2
s ð21bÞ

dËi

dẑ
¼ M̂ iDaI

Xnr

j ¼ 1

¿ij·̂ j r̂
ðVÞ
j ; i¼ 1…ns ð21cÞ

ĉp
d�

dẑ
¼DaIB

Xnr

j ¼ 1

��ĤR

	 


j
·̂ j r̂

ðVÞ
j �St ���c

� �
ð21dÞ

subject to the dimensionless boundary conditions:

Ĝðẑ ¼ 0Þ ¼ 1 ð22aÞ

p̂ðẑ ¼ 0Þ ¼ p̂0 ð22bÞ

Ëiðẑ ¼ 0Þ ¼Ëi;0 ð22cÞ

�ðẑ ¼ 0Þ ¼ 0: ð22dÞ

The introduced dimensionless groups in Eqs. (21a)–(21d) are

summarized in Table 1.

The most important parameter regarding thermal optimization

is the Semenov number (Semenov, 1928), Se, because it provides an

intuitive and illustrative representation of the thermal behavior of

the reactor. The Semenov number takes low values ðSe-0Þ for

high cooling rates or low heat production rates representing

isothermal reactors. In the opposite case, meaning low cooling

rates or high heat production rates, the Semenov number takes

high values ðSe-1Þ and thus describes adiabatic behavior. A

moderate Semenov number characterizes a non-isothermal reac-

tor, and its value uniquely determines the axial temperature

proûle within the reactor as shown in Fig. 3. Consequently, we

use the Semenov number within the SNO-method to identify

optimal temperature proûles regarding kinetic and thermody-

namic limitations.

Table 1

Summary of dimensionless parameters.

Parameter Symbol Deûnition Interpretation/ratio

Arrhenius number ³ Ea=ðRuT0Þ Activation energy/thermal energy

Heat production potential B ��HR;0³=ðM0cp;0T0Þ Heat production/thermal storage capacity

1st Damköhler number DaI M0·0r
ðVÞ
0 LR=G0

Reaction rate/convective transport rate

Stanton number St 4UðeffÞ
w;0 LR=ðG0cp;0DtÞ Cooling rate/convective transport rate

Reynolds number Re GK=ð¿0cFÞ Convective momentum transport rate/viscous momentum transport rate

Semenov number Se DaIB=St Heat production rate/cooling rate



Further, the explicit deûnition of the Semenov number (see

Table 1) allows us to identify the key parameters for thermal

optimization of FBRs:

Se¼
Dt

4UðeffÞ
w;0

|ÿÿÿ{zÿÿÿ}

thermal design

·0r
ðVÞ
0 ��HR;0

� �

T0

Ea
RuT0

|ÿÿÿÿÿÿÿÿÿÿÿÿÿÿÿÿÿÿÿ{zÿÿÿÿÿÿÿÿÿÿÿÿÿÿÿÿÿÿÿ}

reaction and process conditions

: ð23Þ

From Eq. (23) it is seen that, the tube diameter, Dt, and the heat

transport properties of the packed bed, here represented by the

effective wall heat transfer coefûcient UðeffÞ
w , inûuence the thermal

behavior, and allow thermal optimization of the reactor from an

engineering perspective. In addition, different catalyst materials and

shapes can be applied to inûuence the Semenov number. In this

study we focus on the tube diameter and the effective wall heat

transfer coefûcient.

Another important parameter is the 1st Damköhler number,

representing the length of the reactor, because it mainly inûuences

the ûnal methane-yield.

2.3. Numerical solution algorithms

2.3.1. Integration of the governing differential equations

Eqs. (2a)–(2d) and (21a)–(21d) are implemented in Python1 and

integrated numerically along the reactor axis subject to the inlet

boundary conditions (3) and (22), respectively, using the ODEPACK

library by Hindmarsch and Stepleman (1983). All dimensional and

dimensionless mixture properties, such as density, viscosity, speciûc

heat, thermal conductivity, and molar weight, as well as the mixture

velocity, pressure, reaction rate, reaction heat, and the overall wall

heat transfer coefûcient are updated after each integration step.

2.3.2. Computation of optimal Semenov numbers and temperature

proûles

As mentioned above, the optimal temperature proûles are

identiûed by an optimal Semenov number, Seopt, that is computed

from

Seopt ¼ arg max
SeAR

YCH4
ðSeÞ

� 

ð24Þ

subject to

max TrT lim ð25Þ

and subject to Eqs. (21a)–(21d). Eqs. (24) and (25) are solved

numerically using the algorithm of Broyden, Fletcher, Goldfarb,

and Shanno (BFGS) (Nocedal and Wright, 2006, p. 136) for

unconstrained problems ðT lim-1Þ, and the one of Kraft (1988)

for constrained problems.

2.4. Inûuence of interfacial mass and heat transfer

To justify the use of a pseudo-homogeneous model, we

estimate the inûuence of interfacial mass and heat transfer on

the axial temperature and concentration proûles using Mears'

criteria, evaluated at 300 1C and 10 bar (1 MPa):

�rðVÞ
CO2;eff

Dp

³CO2cCO2;g
¼ 0:045r0:3; ð26aÞ

PnR

j ¼ 1 ·jr
ðVÞ
j ð��HR;jÞDp

³T
¼ 0:3r0:3: ð26bÞ

The mass and heat transfer coefûcients ³CO2 ¼ 6:5 cm s�1 and

³¼ 1863 W m�2 K�1 are calculated using the correlation of

Wakao and Kaguei (1982) (see Appendix C). The remaining

parameters are listed in Table 2.

Eq. (26a) indicates that interfacial mass transfer is negligible for

the CO2-methanation in the considered parameter range. Inter-

facial heat transfer, however, does have a slight inûuence. There-

fore, we compare the axial temperature and concentration proûles

for typical reaction conditions, as considered in this study, com-

puted with the pseudo-homogeneous and a heterogeneous model

in Appendix C. The results indicate that the temperature difference

between the pseudo-homogeneous and the heterogeneous model

is at most about 20 K. Thus, we use the pseudo-homogeneous

model in our following computations to reduce computational

cost of the optimization.

2.5. Validation of the pseudo-homogeneous model

In order to verify the described model and to validate the

kinetic model of Lunde and Kester (1974), the dimensional model

is used to simulate the isothermal experiments of Schoder et al.

(2013) who measured the performance of a 5 wt% Ru=ZrO2

catalyst in a Sabatier process. They used an isothermal and isobaric

0.14 m long and 12 mm in diameter tubular reactor loaded with

1 ml diluted catalyst powder ð0:5 mmrDpr1 mmÞ. The bed

porosity is estimated to be 40%. To account for the different metal

loading of the catalysts (Lunde and Kester: 4:3 mg cm�3 Ru;

Schoder et al.: 14:1 mg cm�3 Ru, assuming a bulk density of

1:41 g cm�3), the kinetic model of Lunde and Kester (1974),

Eq. (6), has been multiplied by a factor of 3.3.

Fig. 4 shows a comparison of the CO2-conversion for various

temperatures and pressures at GHSV ¼ 6000 h
�1

(NTP) and molar

feed ratio H2:CO2¼4:1 diluted in 50% nitrogen. Fig. 4a demon-

strates that the adapted kinetic model accounts well for the

Fig. 3. Axial temperature proûles for various Semenov numbers; Ó0 ¼ Óc ¼ 300 1C,

p0¼10 bar(1 MPa), H2:CO2¼4:1, Dt ¼ 25mm, LR ¼ 0:5 m, G¼ 1:0 kg m�2 ,

GHSV ¼ 15 500 h
�1

(NTP), (³¼14.8, B¼141.0, DaI ¼ 0:21).

Table 2

Default dimensional parameters used in the computations.

Parameter Symbol Value

Tube diameter Dt 25 mm

Gas load G 1 kg m�2 s

Molar feed ratio H2:CO2 4:1 (undiluted)

Bed porosity · 0.4

Pellet diameter Dp 3 mm

Pellet porosity ·p 0.5

Pellet tortuosity Ç 3

Average pore diameter dp 50 nm

Pellet thermal conductivity »p 5 Wm�1 K�11 A versatile general-purpose high-level programming language. For more

information see www.python.org



physical behavior and provides good accuracy in the whole

temperature range. Further, the model also compares well to the

experimental data for high pressures up to 20 bar (2 MPa)

although Lunde and Kester (1974) measured solely at atmospheric

conditions. We note that the extrapolation of kinetic models

should be handled with caution, however, the model ûts well to

the experimental results.

3. Thermal optimization of the Sabatier process

3.1. Prediction of optimal temperature proûles

Here, we apply the dimensionless model (21a)–(21d) to inves-

tigate the potential of thermal optimization of the Sabatier process

in single-stage FBRs, and to predict optimal temperature proûles.

As explained in Section 2.2 the optimal temperature proûles,

which balance kinetic and thermodynamic limitations, are identi-

ûed by an optimal Semenov number Seopt computed from Eqs. (24)

and (25). If not stated otherwise we use the default dimensional

parameters summarized in Table 2. The reactor length is set by the

Damköhler number, and the effective wall heat transfer coefûcient

is set by the Semenov number. Further, in this study, we consider

only cases where the cooling temperature Tc is constant along the

reactor axis and equal to the inlet temperature T0.

Fig. 5 shows the results of a parametric study in the yield–

temperature plane for various Semenov and Damköhler numbers

for a Sabatier process with inlet temperature Ó0 ¼Óc ¼ 300 1C and

an inlet pressure p0¼10 bar (1 MPa). The bold black curve indi-

cates the equilibrium yield at the inlet pressure; the thin solid

curves represent actual temperature proûles within the reactor for

a speciûc Se, and the dotted curves indicate lines of constant DaI.

It is seen that the temperature increases with the Semenov

number and relatively sharp temperature peaks occur for large

Semenov numbers. Further, for Semenov numbers larger 4, the

temperature proûle peaks rapidly until it coincidences with the

equilibrium line. This type of proûle indicates a runaway of the

reactor where the temperature increases uncontrollably.

Following the lines of constant DaI we see that the methane-yield

increases rapidly with increasing Semenov number and exhibits a

maximum. Afterwards it decreases again and approaches the thermo-

dynamic limit. At the left side of the maximum kinetic effects limit the

methane-yield, whereas on the right side of the maximum thermo-

dynamic effect become signiûcant and thus limit the achievable

methane-yield. This means that there exists a speciûc Semenov

number, Seopt, that for a given DaI results in maximal methane-

yield. This translates to the dimensional space as follows: for a given

reactor length LR there exists a speciûc axial temperature proûle that

maximizes the methane-yield and thus intensiûes the process.

Fig. 6 shows the methane-yield and the space-time yield at the

reactor outlet as a function of the Semenov number for the same

reaction conditions as in Fig. 5. Again, it is seen in Fig. 6a that the

methane-yield increases rapidly with increasing Semenov number

and, after a maximum, decreases for large Semenov numbers. For

large Damköhler numbers the methane-yield is generally higher

because of larger average contact times, and the maximum

changes towards a broader plateau. The behavior of the STY,

shown in Fig. 6b, is similar to the one of the methane yield,

however, the STY is generally larger for small Damköhler numbers

because of the smaller reactor volume. The maximal space–time

yield, however, is obtained at similar Semenov numbers as the

maximal methane-yield.

The complex interplay between the space–time yield and the

methane-yield is shown in Fig. 7. Here, we plot the maximal attainable

space–time yield for a ûxed DaI over the maximal attainable methane-

yield for the same value of DaI. The STY increases with increasing

methane-yield until a methane-yield of 45%. For higher methane-

yields, the STY decreases again, especially for methane-yields larger

80%. Comparison with Fig. 5 leads to the conclusion that maximal

space–time yields for CO2-methanation are obtained in adiabatic

Fig. 4. Comparison of the CO2-conversion computed with the described one-dimensional model and experimental data by Schoder et al. (2013) for (a) varying temperature

at 1 bar (0.1 MPa), and (b) varying pressure at 350 1C (isothermal catalyst bed). Dt ¼ 12 mm, LR ¼ 0:14 m, GHSV ¼ 6000 h
�1

(NTP), molar feed ratio H2: CO2 ¼ 4 : 1 in 50%

nitrogen.

Fig. 5. Se- (–) and DaI-isolines (ï) for the Sabatier process in the yield–tempera-

ture plane. The maximal yield is indicated by circles (ï). Ó0 ¼ Óc ¼ 300 1C,

p0¼10 bar (1 MPa) (³¼14.8, B¼141.0).



reactors in which equilibrium is obtained directly at the reactor outlet.

In this study, however, these outlet conditions are associated with low

yields of 45%, and high temperatures that are not tolerable for

sustainable catalyst lifetime.

Table 3 shows the methane-yield and the normalized methane-

yield for two Damköhler numbers and various Semenov numbers

including isothermal ðSe¼ 0:1Þ, adiabatic ðSe¼ 100Þ, sub- and

super-optimal, as well as optimal Semenov numbers; the reaction

conditions correspond to the one in Figs. 5 and 6. For DaI ¼ 0:05,

the optimal temperature proûle gives a 3.4 times higher methane-

yield than an isothermal reactor of the same length, and a 1.8 time

higher methane-yield than an adiabatic reactor of the same length.

Further, the yield is relatively high even at this small Damköhler

number. The effect decreases for DaI ¼ 0:1, however, the improve-

ment is still twofold compared to isothermal and adiabatic

reactors.

These results demonstrate the high potential of thermal opti-

mization that lie the Sabatier process and show that high yields

can be achieved in optimized single-stage FBR.

3.2. Inûuence of the inlet temperature on the optimal Semenov

number

As temperature is the key parameter for the kinetic and

thermodynamic behavior of a reaction system, we here investigate

the inûuence of the inlet temperature on the optimal Semenov

numbers. Fig. 8 shows optimal Semenov numbers as a function of

the Damköhler number for various inlet temperatures computed

from Eqs. (24) and (25). Again, in this study we consider only cases

where the cooling temperature is equal to the inlet temperature.

Fig. 8a shows optimal Semenov numbers for unconstrained

conditions, i.e., no limit on the maximal temperature is set.

Regardless of the inlet temperature T0, adiabatic conditions

ðSe-1Þ are preferable for short reactors. The value of the optimal

Semenov numbers then decreases rapidly with increasing Dam-

köhler number to values ranging from 2 to 4. For larger Damköhler

numbers the optimal Semenov numbers increase again, especially

for low inlet temperatures, to prevent kinetic limitations at the

end of the reactor. Further, Fig. 8a can be interpreted in a way that

regions above a curve represent thermodynamically limited con-

ditions, and regions below the curve kinetically limited conditions.

States lying on the curves optimally balance kinetic and thermo-

dynamic conditions.

Nevertheless, the optimal temperature proûles in Fig. 5 contain

high temperatures up to 700 1C that commonly lead to accelerated

catalyst deactivation. Consequently, we also computed optimal

Semenov numbers for a maximal temperature of Ólim ¼ 550 1C that

was also reported as temperature limit by Schaaf and Grünig

(2014). The results are shown in Fig. 8b. Similar to the uncon-

strained case adiabatic conditions are preferable for short reactors.

The values then rapidly decrease with increasing Damköhler

number to approximately 1.4 and remain at this value, indepen-

dent of the inlet temperature. Here, regions above the curves

represent intolerable conditions because of the temperature limit,

whereas regions below the curves still represent kinetically

limited conditions as in the unconstrained case. This means that,

if temperature limitations apply, high yields can only be obtained

at the cost of small tube diameters if the effective overall heat

Fig. 6. Methane-yield (a) and space–time yield (b) as a function of Se for varying DaI; Ó0 ¼ Óc ¼ 300 1C, p0¼10 bar (1 MPa), H2:CO2¼4:1, (³¼14.8, B¼141.0).

Fig. 7. Dependence of maximal attainable space–time yield for given methane-

yield at constant DaI (Pareto front); Ó0 ¼ Óc ¼ 300 1C, p0¼10 bar (1 MPa),

H2:CO2¼4:1, (³¼14.8, B¼141.0).

Table 3

Comparison of the ûnal methane-yield for various Semenov and Damköhler

numbers. Stars indicate the optimal Semenov numbers for maximal methane-yield

at given Damköhler number. Ó0 ¼ Óc ¼ 300 1C, p0¼10 bar (1MPa), H2:CO2¼4:1,

(³¼14.8, B¼141.0).

DaI ¼ 0:05 : Se 0.1 1 1:76n 4 100

Methane-yield 0.24 0.54 0.81 0.71 0.45

Normalized yield 1.0 2.3 3.4 3.0 1.9

DaI ¼ 0:10 : Se 0.1 1 2:55n 4 100

Methane-yield 0.45 0.74 0.92 0.89 0.45

Normalized yield 1.0 1.6 2.0 2.0 1.0



transfer coefûcient cannot be increased by other means such as

high gas loads or structured packings.

The inûuence of the pressure on the optimal Semenov numbers

is small compared to the one of the temperature, and the results

are shown in Figs. 10 and 11 in Appendix B.

3.3. Case study of single-stage multitubular FBR for CO2-

methanation

In this small case study we brieûy examine whether the

optimal Semenov numbers can be realized using a conventional

packed bed composed of spherical catalyst pellets. The effective

wall heat transfer coefûcient is calculated according Eq. (16); the

wall heat transfer coefûcient, ³w, and the effective lateral thermal

conductivity of the catalyst bed, »
ðeffÞ
r , are estimated from reliable

correlations summarized by Tsotsas (2006a,b). Here, we assume

the thermal conductivity of the pellet to be constant at

»p ¼ 5 W m�1 K�1.

We choose Ó0 ¼Óc ¼ 300 1C and p0¼10 bar (1 MPa). Further,

we require DaI ¼ 0:1 to obtain a methane-yield larger 90% to

reduce expensive post-processing. This leads to a bed length of

LR ¼ 0:25 m using the deûnition of the Damköhler number in

Table 1 and the dimensional parameters from Table 2. Calculating

the effective wall heat transfer coefûcient using the correlations

from (Tsotsas, 2006a,b) yields UðeffÞ
w ¼ 236:6 W m�2 K and a Seme-

nov number Se� 3:2 that is signiûcantly larger than the optimal

Semenov number Seopt ¼ 2:5.

The key parameters to adjust the Semenov number regarding

reactor design are the tube diameter Dt and the effective wall heat

transfer coefûcient UðeffÞ
w . For packed beds the latter is most conve-

niently adjusted by increasing the gas load to increase lateral disper-

sion. Consequently, we choose a gas load G¼ 1:7 kg m�2 s�1 and a

reactor length LR ¼ 0:5 m, to maintain DaI ¼ 0:1, to achieve the

optimal Semenov number Se¼ Seopt ¼ 2:5.

Another option to reach the optimal Semenov number is to

maintain the gas load at 1 kg m�2 s�1 and decrease the tube diameter

to increase the volumetric surface area for heat exchange. The optimal

Semenov number of 2.5 is attained for Dt ¼ 22 mm.

While the ûrst option allows larger tubes, and thus larger

capacities, it also generates a 3.6 times larger pressure drop. In

contrast, the second option maintains a low pressure drop but 30%

more tubes have to be used to obtain the same capacity as in the

ûrst option. Consequently, ûnal design decisions have to be based

on speciûc requirements of a given scenario, and on economic

aspects.

In order to obtain the optimal Semenov number for maximal

temperatures of 550 1C within the reactor to reduce catalyst stress,

Se¼ Seð550Þopt ¼ 1:4, ûve times larger gas loads and reactor lengths are

required at a tube diameter of 25mm. Again, another option is to

reduce the tube diameter to 15 mm at a gas load of 1.0 kg m�2 s�1.

Both options are rather extreme cases and a combination of increased

gas loads and smaller tube diameter will probably provide a technically

and economically usable design with optimal Semenov number.

4. Conclusion and outlook

In this study we have demonstrated that the Semenov

number is a reasonable parameter to describe the dilemma

between kinetically and thermodynamically limited conditions

in highly exothermic reactions such as the Sabatier process.

Further, we have shown for the Sabatier process that an

optimization of the Semenov number yields optimal tempera-

ture proûles in single-stage FBRs that balance kinetic and

thermodynamic limitations, and thus lead to high single-pass

methane-yields above 90% for typical reaction conditions of

300 1C and 10 bar (1 MPa) as considered in this study. The

optimal Semenov numbers depend slightly on the inlet tem-

perature, and strongly on possible thermal requirements of the

catalyst. In the unconstrained case, that is without setting an

upper bound for the hot spot in the reactor, the optimal

temperature proûle increases the methane-yield by a factor of

two compared to isothermal and adiabatic operation.

Our case study reveals that the optimal Semenov numbers in

the unconstrained case can be realized using conventional packed

beds by adjusting the tube diameter and the gas load. The

realization of optimal Semenov numbers that meet the thermal

requirements of common methanation catalysts, however,

requires approximately 1.5 times smaller tube diameters or 3 times

larger gas loads compared to the unconstrained case, which would

increase capital and operational costs.

In addition, using a Pareto approach, we have demonstrated the

diverging behavior of single-pass yield and space–time yield for

the Sabatier process. Our results reveal that single-pass yields

above 80% can only be obtained at the cost of strongly decreasing

space–time yields.

The presented SNO-method can readily be transferred to other

either exo- or endothermic processes that suffer from the dilemma

between kinetic and thermodynamic limitations. The non-

dimensional formulation of the problem, resulting in the Semenov

number, provides valuable and intuitive insight into the key

Fig. 8. Optimal Semenov numbers for maximized methane-yield as a function of the Damköhler number and (a) unconstrained conditions, and (b) a temperature limit of 550 1C.



parameters inûuencing the thermal behavior of the process, namely

the tube diameter and the effective heat transfer properties of the

catalyst bed, and thus forms the foundation for tailored temperature

proûles and thermal optimization in ûxed-bed reactors. The inûuence

of other parameters on the optimal temperature proûle, such as the

catalyst and pellet properties, can also be investigated to obtain a more

complete view on the optimal Semenov number.

In conclusion the presented results demonstrate, ûrstly, the

value of an easy-to-use method to compute optimal temperature

proûles in single-stage ûxed-bed reactors, secondly, the high

potential of thermal optimization that lies in the Sabatier process,

and thirdly, the need for catalyst supports with enhanced heat

transport that allow larger tube diameters for highly exothermic

processes. Consequently, future research efforts should focus on

catalyst supports with improved and tailorable heat transport

properties to enable efûcient small-scale units for decentralized

Chemical Energy Storage.

Notation

Roman

A pre-exponential factor, s�1 bar�0.125

AV external solid surface area per unit reactor volume,

m2 m�3

cF Forchheimer coefûcient, m

cp mixture speciûc heat, J kg�1 K�1

DðmÞ

i
molar diffusivity of component i in the mixture, m2 s�1

DðeffÞ
c

effective molar diffusivity, m2 s�1

DðeffÞ
kn

effective Knudsen diffusivity, m2 s�1

Dt tube diameter, m

Dp average pellet diameter, m

dp average pore diameter, m

Ea activation energy, J mol�1

G gas load, kg m�2 s�1

GHSV gas hourly space velocity, m3 m�3 h�1

K bed permeability, m2

Kp pressure-based equilibrium constant, bar�2

LR reactor length, m

M molar weight, kg mol�1

ns number of species, –

p pressure, Pa

q heat ûux, W m�2

Ru universal gas constant, 8.314 J mol�1 K�1

rðVÞ volumetric reaction rate, mol m�3 s�1

STY space–time yield, kg m�3 h�1

T absolute temperature, K

Tc absolute cooling temperature, K

T lim absolute temperature limit, K

Ts solid surface temperature, K

UðeffÞ
w

effective wall heat transfer coefûcient, W m�2 K

vz intrinsic axial velocity, m s�1

x mole fraction, –

z axial coordinate, m

Greek

³p pellet heat transfer coefûcient, W m�2 K�1

³w wall heat transfer coefûcient, W m�2 K�1

³p pellet mass transfer coefûcient, m s�1

�HR enthalpy of reaction, J mol�1

· bed porosity, –

·p pellet porosity, –

»f ûuid thermal conductivity, W m�1 K�1

»
ðeffÞ
r

effective radial thermal conductivity, W m�1 K�1

»p pellet thermal conductivity, W m�1 K�1

¿ mixture viscosity, kg m�1 s�1

¿ stoichiometric coefûcient, –

Ó temperature, 1C

Óc cooling temperature, 1C

Ólim temperature limit,1C

Ç pellet tortuosity, –

· effectiveness factor, –

Ã mixture density, kg m�3

Ãi mass concentration of component i, kg m�3

Ãi;s solid surface mass concentration of component i, kg m�3

Ë mass fraction, –

Dimensionless

ĉp dimensionless speciûc heat, –

Ĝ dimensionless gas load, –

�ĤR
dimensionless reaction heat, –

p̂ dimensionless pressure, –

v̂s dimensionless superûcial velocity, –

ẑ dimensionless axial coordinate, –

Ã̂ dimensionless mixture density, –

¿̂ dimensionless mixture viscosity, –

·̂ dimensionless effectiveness factor, –

r̂
ðVÞ dimensionless reaction rate, –

� dimensionless temperature, –

�c dimensionless cooling temperature, –

× Thiele modulus, –

³ Arrhenius number, –

n catalyst coefûcient, –

B heat production potential, –

DaI 1st Damköhler number, –

Pr Prandtl number, –

Re Reynolds number, –

Rep pellet Reynolds number, –

Sci Schmidt number of component i, –

Se Semenov number, –

Seopt optimal Semenov number, –

St Stanton number, –

XCO2
CO2-conversion, –

YCH4
methane-yield, –
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Appendix A. Estimation of intraparticle transport limitations

Here we brieûy present the results of the estimation of the

intraparticle transport limitations described in Section 2.1.3.

Fig. A1 shows the effectiveness factor along the normalized reactor

length for the case study presented in Section 3.3. The effective-

ness factor decreases rapidly from about 0.4 to 0.05 in the ûrst

section of the reactor because the increasing temperature accel-

erates the reaction and transport limitations become more sig-

niûcant. Afterwards the effectiveness factor increases sharply to

about 0.2 because the reactant concentrations drop rapidly due to



high reactions rates. Then it increases slowly to about 0.35 at the

reactor outlet.

The Thiele modulus in this case ranges from around 5 at feed

conditions to approximately 50 at the location of the highest

temperature. The estimated values of the effectiveness factors are

in reasonable agreement with the ones computed by Schlereth

and Hinrichsen (2014) who applied a detailed transport model in

their numerical study.

Appendix B. Inûuence of the inlet pressure on the optimal

Semenov number

Fig. B1 shows the behavior of the Se- and DaI-isolines in the

yield–temperature plane for feed pressures of 2 bar (0.2 MPa) and

5 bar (0.5 MPa), respectively. Higher pressures lead to slightly

higher yields for comparable values of DaI because of the increased

reactant concentrations. Further, thermodynamic limitations are

less pronounced at high pressures in the Sabatier process and thus

allow higher temperatures to prevent kinetic limitations.

This effect is also seen in Fig. B2 that shows the behavior of the

optimal Semenov number for different inlet pressures. Higher

pressures shift Seopt to slightly higher values. Nevertheless, the

inûuence of the pressure on the optimal Semenov numbers is

rather small compared to the one of the temperature.

Appendix C. Inûuence of interfacial transport limitations on

the axial temperature and concentration proûles

In order to investigate the inûuence of interfacial mass and heat

transfer on the axial temperature and concentration proûles, we

Fig. B1. Se- (–) and DaI-isolines (ï) for the Sabatier process in the yield–temperature plane for (a) p0¼2 bar (0.2 MPa), and (b) p0¼5 bar (0.5 MPa). The maximal yield is

indicated by circles (ï). Ó0 ¼ Óc ¼ 300 1C (³¼14.8, B¼141.0).

Fig. B2. Optimal Semenov numbers for maximized methane-yield as a function of the Damköhler number and (a) unconstrained conditions, and (b) a temperature limit of

550 1C. The feed temperature Óc ¼ Ó0 ¼ 300 1C.

Fig. A1. Effectiveness factor along the normalized reactor length for the case study

presented in Section 3.3. (LR ¼ 0:4 m, Dt ¼ 25 mm, Óc ¼ Ó0 ¼ 300 1C, p0¼10 bar

(1 MPa), G¼1.7 kg m�2 s�1.)



compare the results of the pseudo-homogeneous model, pre-

sented in Section 2, with the one of a heterogeneous model. In

the heterogeneous case, the governing equations for the gas-phase

read

G
dËi

dz
¼ AV³p Ãi;s�Ãi

� �
; i¼ 1…ns ðC:1aÞ

Gcp
dT

dz
¼ AV³p Ts�Tð Þþ

4UðeffÞ
w

DR
T�Tcð Þ; ðC:1bÞ

and for the solid phase

Mi

Xnr

j ¼ 1

¿ij·jr
ðVÞ
j ¼ AV³p Ãi;s�Ãi

� �
; i¼ 1…ns ðC:2aÞ

XnR

j ¼ 1

·jr
ðVÞ
j ��HR;j

� �
¼ AV³p Ts�Tð Þ: ðC:2bÞ

The gas-phase equations are completed by Eqs. (2a), (2b), and

(4). The boundary conditions are the same as in Eq. (3). The solid-

phase equations, Eq. (C.2), are solved iteratively using a Newton–

Raphson method at each integration step along the reactor axis.

The external volumetric surface area of the solid catalysts is

estimated for spherical pellets as

AV ¼
6

Dp
1�·ð Þ: ðC:3Þ

The mass and heat transfer coefûcients, ³p and ³p, are calculated

following Wakao and Kaguei (1982):

³pDp

Di
¼ 2þ1:1Sc0:33i Re0:5p ; ðC:4aÞ

³pDp

»f
¼ 2þ1:1Pr0:33Re0:5p : ðC:4bÞ

The dimensionless groups in Eq. (C.4) are deûned as

Sci ¼
¿

ÃDðmÞ

i

; Pr¼
¿cp
»f

; Rep ¼
ÃvzDp

¿
: ðC:5Þ

Fig. C1 shows a comparison of the axial temperature and

concentration proûles computed with the pseudo-homogeneous

and the heterogeneous model for the typical process conditions

considered in this study. The maximal difference of the pseudo-

homogeneous temperature and the gas-phase temperature (Fig. C1a)

is about 20 K. The concentration difference between the pseudo-

homogeneous and the heterogeneous model, shown in C1b, is

negligible. These small differences in temperature and concentration

justify the use of the pseudo-homogeneous model for the CO2-

methanation with the considered catalyst and parameter-range.
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